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A high pressure condenser is considered to remove water vapor as well as recover
heat from the desorbed steam—CO2 gas mixture in a novel sorption enhanced reaction
process. It is possible to have water condensation at the gas side as well as water
evaporation at the coolant water side because of large temperature difference between
the hot and cold side. A model of heat and mass transfer and phase change was devel-
oped to understand the complex phenomena associated with the simultaneous conden-
sation and evaporation taking place in the unit. A finite difference method was used to
solve the boundary value problem. Additional insight was obtained by describing the
operating lines and equilibrium condition in an enthalpy diagram. The model was used
to explore the performance in terms of the heat recovery. The heat recovery was best
at the beginning of the process when the superheated steam was generated. VVC 2011
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Introduction

Conventional production of hydrogen from coal gasifica-
tion is a commercial technology. As shown in Figure 1, it
involves high pressure partial oxidation of coal with oxygen
and steam to produce a synthesis gas containing H2, CO,
CO2, H2O, and trace amounts of H2S and COS. The synthe-
sis gas is cooled down and the impurities are removed. Then
the gas is subjected to catalytic water gas shift (WGS) reac-
tion (CO þ H2O $ CO2 þ H2) for converting most of the
H2O to H2. The effluent gas from WGS reactor is sent to a
gas purification system for production of pure H2 through a
condensation separation process and a pressure swing
adsorption process.1

In this study, a novel TSSER (Thermal Swing Sorption

Enhanced Reaction) process has been developed to com-

bine the water gas shift reaction and the subsequent CO2

separation from the reaction product in a single unit oper-

ation for simultaneous production of essentially pure CO2

and H2 products, both at feed gas pressures (Figure 2). A

H2 enriched product (�99.99 þ %) is produced at feed

pressure by condensing out the water from the reactor

effluent by cooling. Then the sorber-reactor is counter-cur-

rently purged with superheated steam at pressure PH and

temperature TH until most of the CO2 is desorbed out of

the column.
A high pressure condenser is used to condense the steam

from the desorbed gas mixture and produce nearly pure car-

bon dioxide at the reactor pressure. In this work, a heat

exchanger model is used to determine the best heat recovery

through case studies in the process.2

Correspondence concerning this article should be addressed to K. Jeong at
kjeong@astate.edu
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It is necessary for condensation modeling to consider the
effect of the non-condensable CO2 gas exhausted with the
purge steam from the TSSER condensation process. The
condenser is operated at high pressure up to 40 bar on both
sides with large temperature differences (up to 170�C in
terms of LMTD) between the hot and cold side. Accord-
ingly, it is important to predict properties at high pressure
and post dryout heat transfer in doing boiling modeling.

Previous Work on Condensation Heat Transfer

In 1980, Webb et al.3 developed a one-dimensional nu-
merical model to predict condensation with the effect of
non-condensable gases in a 10-row by 10-column finned
tube heat exchanger by solving the Colburn-Hougen equation
for refrigerant R-11 and air mixture. An iterative solution
procedure was applied to solve the equation.

From 1999 to 2003, Osakabe et al.4–7 carried out one-
dimensional heat and mass balance calculations for the con-
densation of flue gas in bare and finned tube heat exchang-
ers. Experimental studies using actual flue gas from propane,
natural gas, and oil combustion were conducted to investi-
gate the effect of parameters and then compared with the
computational results.

In 2005, Oh et al.8–10 performed steam condensation
experiments inside vertical tube submerged in pool water for
complete condensation, cyclic venting, and through-flow
modes. With pressure ranging from 0.1 to 0.4 MPa, their
results showed that as the system pressure increased, the
condensation heat transfer rate was enhanced but the conden-
sation heat transfer coefficient decreased.

In 2008, Lee et al.11 developed a theoretical model using a
heat and mass transfer analogy and a simple model using Lee
and Kim’s correlation were developed to investigate the
effects of noncondensable gas on steam condensation heat
transfer inside a vertical submerged in pool water and applied
to the design of a passive residual heat removal system
(PRHRS) condensation heat exchanger in a SMART-P plant.
They investigated the effects of the system pressure on the
PRHRS condensation heat exchanger. The phase-change
region to complete condensation of steam at the given system
became shorter as the system pressure increased from 1.3 to
8.6 MPa because of enhanced heat transfer.

In 2010, Jeong et al.12,13 derived energy balance equations
governing heat and mass transfer in condensing heat
exchanger designed for separating water vapor and sulfuric

acid from flue gas of power plant. A computer program was
developed to solve the split boundary problem with the
equations by using one dimensional finite difference method.
The modeling results were verified with test results made in
power plant and showed good agreement.

Previous Work on Boiling Heat
Transfer at High Pressure

In 1962, Schrock et al.14 developed an empirical correla-
tion to predict local heat transfer coefficients for forced flow
boiling of water in vertical tubes at pressures ranging from
2.9 to 34.8 bar, which was recommended for the range of
quality from 0 to 50%.

In 2000, Mori et al. classified their dryout results into
three characteristic regimes based on the experimental trends
they observed and presented prediction methods for their
values of dryout inception xdi and completion xde.

In 2005, experimental data taken by Wojtan et al.15,16

agreed with dryout regime of Mori et al.17 The approach of
Mori et al. was been extended by including the heat flux
effect using the non-dimensional ratio and new empirical
factors based on all experimental points and using the least
square method.

Analytical Modeling

In this study, the governing equations based on mass and
energy balances for water boiling and condensation were
derived to predict the gas exit temperature, water condensa-
tion rate, and mole fraction at the gas side and cooling water
exit temperature, steam generation rate, and quality at the
coolant side.

Figure 2. Schematic of TSSER for simultaneous H2 and
CO2 production system.2

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 1. Schematic of conventional H2 production system from coal gasification.1

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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Further insight into the model was obtained using a graph-
ical method that illustrates the operating conditions and
bounds in the process. As part of the study, several cases
were analyzed for evaluation of the system.

Mass and Energy Balances

If there is no condensation in the gas side or evaporation
in the coolant side, the energy equations for both streams are
the familiar:

_mg � cp:g � dTg
dA

¼ hg � ðTg � TwÞ (1)

_mc � cp:c � dTc
dA

¼ hc � ðTw � TcÞ (2)

where the gas and wall temperatures can be found by using
Eqs. 1 and 2, respectively. In this case, both _mg and _mc remain
constant because of no mass transfer.

If there is condensation in the gas side, the gas tempera-

ture can be found from the modified equation of Eq. 1, at

which wall temperature (Tw) is replaced with the interfacial

temperature (Ti), as the tube wall is assumed to be covered

by condensed liquid film. The wall temperature still can be

found from Eq. 2 as there is no change at the control vol-

ume. The interfacial temperature can be found by the well

known Colburn-Hougen relation:

hgðTg � TiÞ þ km � lLC � ðyH2O � yiÞ ¼ hcðTi � TcÞ (3)

Because of condensation, mass flow in the gas side is no
longer constant and it varies according to the relation:

d _mg

dA
¼ km � ðyH2O � yiÞ (4)

If there is evaporation in the coolant side, the temperature
will remain constant at the boiling point of the coolant and
the mass of vapor will vary as

d _mbo

dA
¼ hgðTg � TwÞ

lLV
(5)

In all cases, the thermal resistance of the material has
been ignored.

Heat and Mass Transfer Coefficients

The Colburn j factors for heat and mass transfer with their
applicable ranges are defined as18,19:

jH ¼ St � P2
3
r ¼ h

q � cp � V P
2
3
r 0:6\Pr \ 60 (6)

jm ¼ Stm � Sc2
3 ¼ kD

V
Sc

2
3 0:6\ Sc\ 3; 000 (7)

where h is convective heat transfer coefficient [W/m2�K] and
kD is convective mass transfer coefficient [m/s]. The Chilton-
Colburn analogy requires equating Eqs. 6 and 7, that is, jH ¼

jm. Then an expression for the mass transfer coefficient, km, is
derived as:

km ¼ hg �MH2O

cp;g �Mg � ylm � Le2=3H2O�gas

(8)

All properties are calculated based on composition of mix-
ture, and ylm, the logarithmic mole fraction of the non-con-
densable gas across the film20,21 is:

ylm ¼ yni � ynb
lnðyni=ynbÞ (9)

where yni and ynb are the mole fractions of non-condensable
gases at the gas/film interface and in the bulk flow,
respectively.

The variable LeH2O�gas at Eq. 8 is the Lewis number of
water vapor in the desorption gas, in which DH2O�gas is the
mass diffusion coefficient of water vapor in the desorption
gas.21

LeH2O�gas ¼ Sc

Pr
¼ ag

DH2O�gas

(10)

Convective Heat Transfer Coefficient
for the Gas Side

To predict the convective heat transfer coefficient on the
gas side of a bare tube bank, an empirical correlation pro-
posed by Zukauskas,22 Eq. 11, is used.

NuD ¼ 0:021 � Re0:84D;max � Pr0:36 �
Pr

Prs

� �1=4

(11)

Convective Heat Transfer Coefficient Inside
Coolant Tubes

The single phase flow heat transfer coefficient of cooling
water side inside tube is predicted by using the Gnielinski’s
correlation,23 Eq. 12 is valid for either pure liquid or
pure vapor.

NuD ¼
f
8

� �ðReD � 1000ÞPr
1þ 12:7 f

8

� �1
2ðPr2=3 � 1Þ

(12)

Boiling Heat Transfer Coefficient
Inside Coolant Tubes

However, as the tube wall temperature exceeds the satura-

tion temperature of the liquid, boiling starts at the wall. With

the start of flow boiling, the coolant water side changes to

two phase flow of vapor and liquid. The boiling heat transfer

coefficient (hbo) should be used to predict the boiling heat

transfer inside the tube. The boiling heat transfer coefficient

is calculated by using Schrock-Grossman correlation,14,24 Eq.

13, which can be applicable for the high pressure range.

hbo ¼ 0:739 � ½Bo � 104 þ 1:5ð1=vttÞ2=3� � hl (13)
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where hl is single phase pure liquid heat transfer coefficient
evaluated from Eq. 12. The variables Bo and vtt are the boiling
number used by Mumm and the Lockhart-Martinelli para-
meter, respectively, defined as

Bo ¼ Q�
c

G � lc (14)

1=vtt ¼ x=ð1� xÞf g0:9ðql=qvÞ0:5ðlv=llÞ0:1 (15)

where G and x are mass flow per unit area and quality,
respectively. q and l are density and viscosity, respectively.
Subscripts of l and v denote liquid and vapor phase,
respectively.

Post Dryout Heat Transfer

The operational conditions for the system call for high
pressure (40 bar) and large temperature differences (LMTD

¼ 170�C). The large temperature difference between hot and

cold side entails a large temperature gap (wall superheat ¼
70�C) between the tube wall and the water to be boiled,

which can cause a serious instability of two phase flow and

unpredictable transition to dry out. The prediction for the

dryout point and the post-dryout heat transfer is critical for
the modeling of boiling because the dryout point can occur

earlier because of the large temperature difference. The

inception and completion of dryout can be calculated from

the following equations15,16:

xdi ¼ 0:58 e
½0:52�0:235�W e0:17V Fr0:37V ðqVqL Þ

0:25�
(16)

xdo ¼ 0:61 e
½0:57�5:8�10�3�W e0:33V Fr0:15V ðqVqL Þ

�0:09�
(17)

Assumptions and Simplifications

The following assumptions were made to complete the de-
velopment of modeling in this study. It is assumed that the
boiling heat transfer coefficient is linear from the inception
to the completion point of dryout. Only film condensation is
assumed on the tube wall surface. The thermal resistance
between the liquid film and the tube wall is neglected. There
is no heat loss from the system to the environment. The
coolant is pure water while the desorption gas is a mixture
of steam and CO2.

Numerical scheme

The governing equations corresponding to a split boundary

value problem are solved using an iterative numerical

scheme and a one dimensional finite difference method

(FDM) with forward differencing. The known variables

were: inlet gas temperature, flow rate and mole fraction of

steam, inlet cooling water temperature, and flow rate. The

condenser area and configuration are fixed. The model will

yield the exit gas temperature, steam mole fraction and tem-

perature of coolant and condensation rate of steam at gas

side. All properties at high pressure were predicted by using

the database from National Institute of Standards and Tech-

nology (NIST).25

The condenser operates with the desorption gas (CO2 þ
Steam) in the shell side and the cooling water in the tubes.
Figure 3a illustrates a simplified schematic of the control
volume of a finite difference element in the heat exchanger.
Flow appears cross flow to the tubes, but the overall flow
pattern in the equipment is counter flow. Heat and mass
transfer for water condensation in the shell side and phase
change for flow boiling in the tube side are considered
within this control volume.

Figure 3b shows the main variables to be considered for
the modeling. The desorption gas temperatures at the inlet
and outlet of the shell side are expressed as Tg,in and Tg,out,
respectively. The saturation temperatures corresponding to
steam partial pressures at the inlet (yH2O,in

) and outlet
(yH2O,out

) of gas side are Tsat,g,in and Tsat,g,out, respectively.
The variables Tc,in and Tc,out express cooling water temper-
atures at the inlet and outlet of the tube side, respectively.
The saturation temperature corresponding to the operating
pressure at the cooling water side is Tsat,c. The tube wall
temperature is Tw. The variable Ti is the interfacial temper-
ature at shell side which is the saturation temperature cor-
responding to the interfacial mole fraction of steam at the
liquid–vapor interface film. The heat transfer coefficients
for the gas and cooling water side are hg and hc, respec-
tively. The mass transfer coefficient for the case of conden-
sation is km.

Figure 3. Schematic of (a) control volume in heat
exchanger and (b) main variables.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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To apply the FDM method, total surface area of the entire
system was discretized into a large number of cells. Govern-
ing equations are solved at each cell to solve unknown varia-
bles from the inlet of gas side to the exit of gas side.

As shown in Figure 4, there are three possibilities for
the coolant condition at the exit: liquid, saturated liquid
and vapor and superheated vapor. The actual condition is
obtained by iteration by assuming an exit condition for
the coolant, integrating backwards to match the feed con-
dition of the coolant at the entrance of the condenser tube
side. Three loops are used to iterate on those possible exit
conditions.

The first loop (ITN-1) assumes no evaporation (x ¼ 0) at
the coolant exit and iterates on the exit coolant temperature
until the calculated inlet cooling water temperature
approaches the correct inlet value. The ITN-1 calculates the
condensation rate on the gas side without evaporation on the
tube side. During the loop, tube wall temperature stays
below the saturation temperature at both sides everywhere in
the heat exchanger. In this loop, the assumed variable is
only the cooling water exit temperature.

If the coolant leaves the condenser as a liquid vapor mix-
ture, the iteration (ITN-2) is carried out on the mass frac-

tion of steam at the coolant exit. The program calculates
phase changes for the cases that the tube wall temperature
is either (1) higher or (2) lower than saturation temperature.
So it allows both boiling at coolant side and condensation
at gas side. Most commonly, it finds boiling near the exit
of coolant side and condensation near the exit of gas side.
The program converges if the calculated cooling water inlet
temperature reaches to the target temperature with the
assumed steam quality for the range of 0 \ x \ 1.0. The
assumed variable is only the steam quality at the coolant
exit as the exit coolant temperature is assumed to be the
saturation temperature.

If the coolant leaves as superheated steam (x ¼ 1), the
third loop (ITN-3) begins with an assumption of exit super-
heated steam temperature. The ITN-3 computes the phase
change from the saturated liquid phase to the superheated
steam on the coolant tube side with a possibility of conden-
sation on the gas side. The program can be completed if
the calculated cooling water inlet temperature reaches to
the target temperature with the assumed exit superheated
steam temperature.

Process conditions

For the study, a counter-flow shell and tube heat
exchanger with an inside diameter of 0.6 m, length of 6 m,
and 2 vanes per meter of shell length and 612 tubes of 12.7
mm OD and 3 mm thickness was used in the study. The
tube pitch was 1.5 (sL/do, longitudinal) � 1.5 (sT/do, trans-
verse), and total heat transfer area of 224 m2. The composi-
tion of the stripping gas changes during the desorption pro-
cess as the mass flow of CO2 decreases as it is removed
from the bed. As the desorption progresses, the mole fraction
of CO2 at the gas inlet of heat exchanger varies from 1.0 to
zero. As shown in Table 1, the CO2 concentration varies
from 99.0 to 1.35%, where as the molar flow rate of CO2

decreases from 3.57 to 0.05 kmol/s during the desorption
cycle. The coolant side is assumed to be a sub-cooled liquid
phase at the inlet and increase its flow rate from 1.34 to 7.57
kmol/s and lower its inlet temperature from 240 to 200�C to
reach higher condensation efficiency. Figure 5 shows the
CO2 mole fractions and total flow rates in the gas side dur-
ing the desorption process. The values used in the analysis
were selected from the results of recent simulation done by
our research group, at which the pseudo state behavior was
assumed in terms of snapshot of the process.

Graphical method using bounded constraint diagram

As multiple phases are possible, further insight into the
process can be obtained by using a graphical method to

Figure 4. Schematic of numerical scheme for modeling.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Table 1. Boundary Conditions for Modeling

Pressure (bar) Inlet Temperature (�C) Species

Molar Flow Rate

Case I Case II Case III Case IV

Gas side 40 550 CO2 (kmol/s) 3.57 3.80 0.37 0.05
H2O (g) (kmol/s) 0.04 0.48 3.60 3.66
Total (kmol/s) 3.61 4.28 3.97 3.71
yCO2 (vol %) 99.0 89.0 9.32 1.35

Coolant side 40 200–240 H2O (l) (kmol/s) 1.34 2.93 9.0 7.57
Inlet temperature (�C) 240 240 200 200
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study the operational limits of the condenser unit described
above. The control volume defined in Figure 6 which con-
sists of the upper hot desorption gas side and lower coolant
water side is used to carry out an enthalpy balance. Mixture
gas of _mg (CO2 and H2O) enters into the gas side and exits
with condensed liquid water and CO2, while cooling water
enters at liquid phase into the coolant side and may exit as
either liquid or vapor or a mixture of both. Variables of
enthalpies for gas and coolant side passing the dashed vol-
ume are expressed by Hg and Hc, respectively.

The enthalpies entering and exiting the volume are shown
at the left and right side of Eq. 18, respectively. The en-
thalpy balance yields a linear operating line connecting the
enthalpies of the gas phase and the coolant, when the en-
thalpy of the gas phase is given per unit of mass (mole) of
non-condensable CO2.

_mg � Hg þ _mc � Hcl ¼ _mg � Hgo þ _mc � Hc (18)

Hg ¼ _mc

_mg

� ðHc � HclÞ þ Hgo (19)

As shown in Figure 7, the operating line for the con-
denser in the (Hg, Hc) plane is constrained in the region
bounded by the following lines: (1) a vertical line corre-
sponding to the enthalpy of the inlet cooling water, (2) a
horizontal line corresponding to the enthalpy of the inlet

gas, and (3) an equilibrium line corresponding to equal tem-
perature of the gas and cooling water side. The enthalpy
lines taken from the inlet cooling water and inlet gas tem-
perature can be drawn by the given boundary conditions at
each inlet. The isotherm enthalpy line is drawn by the
assumption that the cooling water temperature is the same
as the gas at any arbitrary points. With those three enthalpy
lines, a bounded constraint diagram can be established in
the (Hg, Hc) plane mapped from the temperature domain.
Then the straight line made by the result of modeling,
which is called ‘‘operating line,’’ is verified by checking if
the line is placed inside the bounded graph without crossing
or passing the bounded lines.

The actual position of the line depends on the heat trans-
fer area available (A) and it shifts from a single point for A
¼ 0 to a line tangential to the equilibrium point for an infi-
nite area. The slope of the operating line depends on the
flow rate ratio of the coolant to gas, _mc

_mg
, as shown in Eq. 19.

Figure 7 contains distinct sections named L (liquid), LþV
(liquid and vapor), and V (vapor) to clearly explain the phase
matching to each section of the line.

Figure 8 shows all four cases given in Table 1. As shown
in Figure 8a, the enthalpies of coolant and vapor phase (Hc

and Hg) are contained, again, in an area bound by three
lines: a horizontal line for the inlet gas enthalpy, a vertical
line of the inlet cooling water enthalpy and an ‘‘equilibrium’’
line corresponding to equal gas and coolant temperature.
With Figure 8a for Case I, which is saturated water being
fed into the system, it is seen that the far right end of the
operating line is located above the vapor phase of cooling
water side of the isotherm enthalpy line, which agrees with
the modeling result that has superheated vapor at the exit of
cooling water side. Moving from Figure 8a of Case I to Fig-
ure 8d of Case IV, the slope ( _mc

_mg
) of the operating line

increases as the mass flows of gas decrease and coolant side
increase. Figure 8d shows that the operating line has a very
steep slope because of very large ratio of _mc

_mg
at the end of

process. It means that all vapor involved at the gas side is
removed by condensation because of much higher heat trans-
fer to the coolant side with higher flow rate ratio of cooling

Figure 6. Control volume for bounded constraint diagram.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 7. Schematic of bounded constraint diagram.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 5. Variations of CO2 mole fractions and total
flow rates during the desorption cycle.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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water to gas side. Notice that the operating lines do not
intersect the equilibrium lines.

Results and Discussion

The simulation of a high pressure condenser has been car-
ried out for a pilot scale shell and tube heat exchanger but
can be extended to any scale. The cross-counter flow heat
exchanger has the desorption gas flowing into the shell side
and coolant water flowing into the tube side. The heat
exchanger operated at high pressure of 40 bar has been tar-
geted (1) to remove steam from the desorption gas in the
shell side and (2) to produce steam in the tube side to
recover heat from the hot gas side.

Figure 9 shows the profiles of gas temperature, tube wall
temperature, and cooling water temperature as results of all
cases shown at Table 1. As shown in Figure 9a, it is seen that
the cooling water leaves the condenser as superheated steam.
It is seen that the tube wall temperature abruptly increases at
halfway of the heat transfer area because of the onset of post-
dryout heat transfer. At the post-dryout region, the liquid film
may dry out or becoming entrained in the high velocity
vapor-phase, which results in poor heat transfer. In the other
extreme case, Figure 9d shows that water condensation occurs
at over all heat transfer surface area as the gas side gets

cooled enough because of relatively high ratio of _mc

_mg
. Each

result of modeling in Figures 9a–d matches well with the
results of bounded constraint diagram in Figures 8a–d.

Figure 10 shows the exit quality of coolant tube side dur-
ing the time of desorption cycle. Quality is defined as the
mass percentage of water vapor to total coolant flow rate in
the tube side. The quality at the coolant exit produces 100%
steam in the initial stage of the process as the coolant side
of relatively small flow rate gets high enough heat transfer
to be converted to superheat. Hundred percent of quality
means that all saturated liquid phase coolant water is evapo-
rated into fully saturated vapor phase. However, at the end
of the cycle, the quality decreases to zero because of the
increased coolant flow rate so that it can condense the de-
sorbed gas.

Figure 11 shows condensation efficiency at the gas side.

Condensation efficiency is defined as the fraction of incom-

ing steam condensed. For example, 100% of condensation

efficiency means all incoming vapor at gas side is condensed

to liquid phase at the exit. The higher condensation effi-

ciency means the higher removal efficiency of steam from

the desorption gas mixture. The condensation efficiency

increases from 0 to 98.7% to capture water vapor in the de-

sorption gas by increasing the coolant flow rate and lowering

its temperature.

Figure 8. Verifications of modeling results using the bounded constraint diagram for (a) Case I, (b) Case II,
(c) Case III, and (d) Case IV.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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Figure 12 shows the heat recovery rate during the desorp-

tion cycle. The heat recovery rate is defined as the ratio of

the enthalpy change in gas side to the enthalpy of incoming

gas using the enthalpy of the entering cooling water as a ref-

erence. It varies from 11.3 to 32.0% during the cycle and

shows a peak at 0.3 min as is also seen at the pattern of de-

sorption gas flow rate in Figure 5. To achieve 100% of

steam quality, the coolant water should be decreased but this

will reduce the condensation in the gas side. For a 100%

steam removal, a high flow rate of coolant relative to gas

side is needed but it will be disadvantageous for coolant

tube side’s steam generation, which is trade-off with the

case of steam generation. The higher heat recovery profile

occurred under steam generation in the coolant side.

Conclusions

The design of a high pressure condenser has been studied
for heat recovery from a gas-steam mixture. A possible
application is Temperature Swing Sorption Enhanced Reac-
tion (TSSER) process, where steam is removed from CO2

stream generated during the coal gasification process.
The condenser is modeled by a combination of two differ-

ential equations with split boundary conditions and a non-
linear algebraic equation for the interfacial temperature. A
numerical scheme was made by using an iterative numerical

scheme and a one dimensional finite difference method
(FDM) with forward differencing.

Process conditions for modeling of case studies were
taken with variable flow rates of CO2 and steam during de-
sorption cycle. A graphical method was also presented by

Figure 9. Temperature profiles as results of modeling for (a) Case I, (b) Case II, (c) Case III, and (d) Case IV.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Figure 10. Steam quality at the coolant exit during the
desorption cycle.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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using a bounded constraint diagram which was made by
three lines: lines of inlet coolant enthalpy, inlet gas enthalpy,
and equilibrium temperature. The results of the numerical
simulation match well the graphical method of the bounded
constraint diagram.

Predicted heat recovery rates from the desorption gas side

to the cooling water side ranged from 11.3 to 32%. The heat

recovered was best occurred at the beginning of the process

when superheated steam was generated.
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Notation

A ¼ heat transfer surface area
Bo ¼ boiling number
cp ¼ specific heat

D ¼ binary mass diffusivity
d ¼ tube diameter
Fr ¼ Froude number
f ¼ friction factor
G ¼ mass flow per unit area
H ¼ enthalpy

Hci ¼ enthalpy at coolant inlet
Hgo ¼ enthalpy at gas exit
h ¼ convective heat transfer coefficient
j ¼ Colburn j factor

kD ¼ convective mass transfer coefficient
km ¼ mass transfer coefficient
Le ¼ Lewis number
l ¼ latent heat

M ¼ molecular weight
_m ¼ mass flow rate

NuD ¼ local Nusselt number
NuD ¼ average Nusselt number

n ¼ mole
PH ¼ operating pressure
Pr ¼ Prandtl number
Q ¼ heat transfer rate
Q00 ¼ heat transfer rate per unit area
ReD ¼ Reynolds number
Sc ¼ Schmidt number
ST ¼ Stanton number
sL ¼ longitudinal distance between tubes
sT ¼ transverse distance between tubes
T ¼ temperature

TH ¼ operating temperature
V ¼ velocity

We ¼ Weber number
X ¼ quality
Y ¼ mole fraction

Greek letters

a ¼ thermal diffusivity
g ¼ efficiency
k ¼ thermal conductivity
q ¼ density
vtt ¼ Martinelli parameter
r ¼ surface tension
l ¼ Viscosity

Subscripts

bo ¼ boiling
c ¼ cooling water side

sat ¼ saturation
di ¼ inception of dryout
do ¼ completion of dryout
eff ¼ effective
f ¼ liquid film

g or gas ¼ desorption gas
H2O ¼ water

i ¼ interfacial
in ¼ inlet
l ¼ liquid phase

lm ¼ log mean difference
LC ¼ latent heat of condensation
LV ¼ latent heat of vaporization
m ¼ mass transfer
nb ¼ non-condensable at bulk
ni ¼ non-condensable at interface
out ¼ outlet
v ¼ vapor phase
w ¼ tube wall
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